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Abstract

Catalytic combustion of methane over Pd and Pt/SiO2/�-Al2O3 membranes was studied in the temperature range 300–650◦C. Fuel and
oxygen were fed at opposite membrane sides. In order to improve reactor controllability the�-Al2O3 membranes were impregnated with
SiO2 sol resulting to smaller pore size. Methane conversions up to 100% for the palladium membrane and up to 42% for the platinum
membrane were achieved. The results indicated a transition from kinetic to mass transfer control within the temperature range investigated.
This was accompanied by reduction of methane slip from tube to shell side with increasing temperature. CO and H2 were detected in the
product gases of the palladium membrane. Their concentration could be reduced by applying a trans-membrane pressure difference. Low
concentrations of CO were observed for the Pt/SiO2/�-Al2O3 membrane, while no CO or H2 were detected for a Pd/�-Al2O3 membrane
operating in dead-end configuration.
© 2003 Elsevier B.V. All rights reserved.
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1. Introduction

In recent years the popularity of ceramic membranes has
constantly increased and such devices have found various
applications especially in the fields of filtration and sepa-
ration of gases and liquids. Research in ceramic catalytic
membrane reactors has attracted considerable attention as
testified by the large number of publications on the subject
[2,14,15,19,31]. Although research in the field has mainly
focused on multi-functional reactors, which combine simul-
taneous reaction and separation, membrane reactors have
also been used for reactions taking place inside the pores
of non-permselective membranes where reactants are fed to
opposite membrane sides. This configuration provides flex-
ibility for reactions normally requiring strict stoichiometric
feed rates of reactants and inhibits reactant slip to opposing
sides of membrane, provided reactions are sufficiently fast
[22,23]. Separate feed of reactants offer advantages for hy-
drocarbon oxidation processes with respect to safety. When
mixing of reactants is restricted by flammability consider-
ations, premixing can altogether be avoided by such de-
sign. Furthermore, thermal runaway and consequently cata-
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lyst damage can be prevented since the reactor can operate
under mass transfer control[28]. Finally, by applying a pres-
sure difference over the membrane, products can be shifted
preferentially towards the low pressure chamber keeping the
hydrocarbon pure enough for recycling and increasing the
overall conversion[20].

The aim of the present work is to study the performance
of a membrane reactor with separate feed of fuel and oxygen
in methane catalytic combustion in open-end and dead-end
configurations. Technical difficulties related to the resistance
of materials, as well as problems with stability of cata-
lysts arise from the high temperatures involved. Experimen-
tal studies about catalytic combustion on membrane reac-
tors have been carried out in[11,16–18,21]under isother-
mal conditions. One of the crucial and challenging problems
faced in this investigation is the selection of suitable ma-
terials, especially for what concerns joining ceramic mem-
branes to the stainless steel housing. Sealing of membrane
reactors at high temperatures is an important and still largely
unresolved issue[7,17].

Catalytic combustion is a demanding application in the
field of catalysis, requiring thermally and chemically stable
materials that have to guarantee steady operation for several
hours[5,12,25,26,32]. In order to be competitive as combus-
tors, catalytic systems have to meet the requirement of low
emissions, stability and versatility under different regimes.
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Low catalyst stability has certainly been one of the main
reasons for the limited use of catalytic combustion systems.
Lean mixtures are usually employed in modern combustors
since they can effectively reduce the amount of unburned
fuels and NOx. This fact has focused most investigations on
these conditions while little is known about the behaviour of
combustion of rich mixtures. It has been demonstrated that
the use of lean mixtures in catalytic systems also reduces
deactivation and instability of catalysts, prolonging life and
providing steady performance of combustors[24].

In the present investigation, the combustible mixture com-
position varies from very rich to very lean within the porous
catalyst phase. Accordingly, the catalyst can show differ-
ent behaviour depending on the position along the mem-
brane radius. It is important to note that, even if the catalytic
membrane is uniform throughout the cross-section, different
reaction mechanisms and catalyst transformations can take
place in different positions. For this reason, two catalytic
materials were investigated, palladium and platinum.

2. Experimental set-up

2.1. Catalytic membrane preparation

Initially, �-Al2O3 membrane supports (HITK, 7 cm i.d.
and 10 cm o.d.) with 30% porosity and average pore size of
1.8�m were used for the experiments. However, their high
permeability made the reactor difficult to control when pres-
sure disturbances occurred during open-end experiments.
Permeability was decreased by depositing colloidal SiO2
(Buehler Mastermet2) inside the membrane pores. Mem-
branes were cut to size (10 cm), sonified in an ultrasonic bath
with DECON90 (Fisher) and the surfaces of their bases pol-
ished with sand paper in order to make them flat and smooth.
Overnight intrusion of the colloidal silica solution inside the
pores of the support was followed by freeze drying and cal-
cination at 800◦C. This procedure allowed uniform distribu-
tion of pore size throughout the cross-section. The resulting
average pore size was ca. 0.4�m, as determined by mercury
porosimetry. The surface of the membrane was dried with
adsorbing paper before freeze drying in order to reduce the
possibility of formation of SiO2 top layers. The palladium
precursor was 5 wt.% Pd tetra-amine palladium nitrate so-
lution (NH3)4Pd(NO3)2 (Johnson Mattey), with pH= 2.1.
Chloroplatinic acid solution (pH= 1.21), obtained diluting
H2PtCl6·6H2O (99.95% purity, Alpha Aesar) with distilled
water was used to prepare Pt membranes. Overnight impreg-
nation for both Pt and Pd was followed by calcination at
600◦C for 2 h. XRD analysis for the palladium membrane
indicated the presence of both Pd and PdO, the latter being
more prominent after use. Loading of the palladium mem-
brane used for the open-end experiments as measured by
atomic adsorption, was 0.402 wt.% while that for Pt mem-
brane was 0.17 wt.% Pt. For dead-end experiments, mem-
brane modification with colloidal SiO2 was not necessary

since reactor performance is not affected by pressure distur-
bances and high permeability is beneficial. The membrane
used for these experiments had 0.9 wt.% Pd loading. More
information on support modification by colloidal silica and
catalyst impregnation are given by Murru et al.[9].

2.2. Set-up configuration

Fig. 1 shows the experimental set-up used for the eval-
uation of the catalytic membrane performance. Nitrogen or
helium were used to dilute methane that was fed in the tube
side. The oxidising mixture, always fed in the shell side,
was air or He+ O2. The latter mixture proved to be use-
ful since it allows the GC (when using He as carrier gas) to
detect oxygen without the interference of nitrogen peak in
the chromatogram. Mass flow controllers (Brooks 5850TR)
were used to supply gases to the tube and the shell side of
the reactor.

Temperatures of inlet and outlet streams were continually
monitored and recorded via a data acquisition terminal con-
nected with type K thermocouples. The axial temperature
profile of the tube side was examined using a thermocouple
that could be shifted along the axis of the reactor. A differ-
ential manometer was connected to the two outlets of the
reactor in order to continually monitor pressure difference
across the membrane. Unless otherwise specified, all exper-
iments were performed at atmospheric pressure.

Sealing was achieved either by radially compressing a
graphite ribbon around the external surface of the membrane
(radial sealing) as described by Lafarga et al.[7] or by ax-
ially compressing the flat surfaces of the membrane with
Millboard (James Walker Ltd.). When the radial sealing was
used, the two ends of the membrane were made imperme-
able by glazing with enamel (Cookson Matthey) in order
to make the sealing leak-proof. An ultra-pure graphite tape
(NGP G6103-GTJ nuclear grade graphite ribbon) was used
to create the seal between tube and shell side. The reactor
was considered sealed when, after pressurising at 5 bar no
leaks could be detected. This method of sealing was reliable
up to 480–500◦C but the graphite layer was burnt after a
couple of days at 530◦C.

For high temperature operation the axial sealing was used.
As shown inFig. 2, the inlet tube is a thick stainless steel
stem that can slide in the inlet section and is pushed by a
spring towards the membrane. The axial sealing system is
divided in two parts. The first part provides a sealing between
the reactor shell and the membrane and between the stem
and the membrane. A ceramic flexible material (Millboard
by James Walker Ltd.) was placed between the membrane
bases and the metal surfaces. The second part of the system
is located outside the reactor area and is made up of two
viton o-rings fixed into two grooves in the movable stem of
the inlet tube. This way leaks are avoided between the stem
and its stainless steel guide. A spring is used to push the
stem while absorbing the stress on the membrane caused
by the thermal expansion of the materials upon heating or
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Fig. 1. Experimental set-up. MFC: mass flow controller, V: toggle valve, 4PV: four way valve, 10PV: 10-port valve, DM: differential manometer, T:
thermocouple, P: pressure gauge, GC: gas chromatograph.

cooling the reactor body. The reactor shell is in turn sealed
with two flanges using copper gaskets. Since the stem has
a rather thick wall (about 5 mm), axial heat conduction can
heat up the viton o-rings therefore a simple tube-shell heat

Fig. 2. Reactor axial sealing.

exchanger was fitted onto the external surface of the inlet
section in order to prevent damaging them. This system was
able to withstand temperatures as high as 700◦C but it is
likely to cope at higher temperatures since the Millboard is
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certified for at least 800◦C. Up to a pressure of 3 bar no
leaks from tube to shell side and no leaks outside the reactor
were detected.

Depending on the flow pattern of the gases in the mem-
brane reactor two different configurations were used, namely
open-end and dead-end. Open-end configuration implies that
the reactor has two inlets and two outlets, one for each
channel. Radial diffusion is the main transport mechanism
through the porous membrane and the convective fluxes in-
side the channels have parallel directions (axial). When one
of the two outlets is plugged a dead-end configuration is ob-
tained. Gas from the plugged channel permeates through the
membrane mainly by convection, and counter diffusion of
other species takes place from the opposite side towards the
membrane. When the reactor is operated in a dead-end con-
figuration, the membrane is not only the catalyst support but
it also behaves as a gas distributor[1]. In all the dead-end
experiments, methane was the reactant chosen to permeate
through the membrane because of its lower flowrate.

For the open-end experiments 10 cm SiO2/Al2O3 mem-
branes, impregnated with Pd and Pt (not enamelled) were
used in the axial sealing reactor configuration (28 mm i.d.).
A mixture of 20.5 vol.% O2 in He (BOC) was fed to the
shell side at a flowrate of 200 ml/min while a mixture of
CH4 (BOC CP grade) in He (BOC CP grade) was fed to the
tube side at 90 ml/min. The pressure inside the reactor and
the pressure difference between the two channels were con-
tinuously monitored with a pressure gauge and a differential
manometer. A pressure controller was used to keep the pres-
sure of the tube side constant whereas a fine needle valve
was used to keep the pressure difference between the tube
and the shell side at the desired value. This control method
proved to be reliable up to 3 mm of H2O pressure difference.
Due to difficulties in controlling the temperature inside the
reactor, the latter was operated at constant heat input mode.
For the axial sealing configuration, heat was provided only
in the hot section of the reactor (seeFig. 2). Only its central
area was heated whereas the inlet section had to be cold in
order not to damage the two viton o-rings. Therefore inlet
temperature at the location of the o-rings was about 60◦C.
Two semi-cylindrical ceramic fibre heaters were used (Wat-
low). Each heater had a total length of 241 mm with an
inner diameter of 89 mm and maximum power loading of
2.1 W/cm2 at 60 V. In order to supply constant power at the
heating elements careful control of the voltage in the range
78–95 V by a variac was employed. A voltmeter was con-
nected to the electricity supply and the voltage of the power
supply was continuously monitored so that suitable correc-
tions to the variac were made. Temperature profiles of tube
and shell side were always similar and were typically par-
allel with 10–15◦C difference.

In dead-end experiments the radial sealing reactor (30 mm
i.d.) was always employed. The 10 cm membranes were used
with approximately 1 cm occupied by the enamel/graphite
sealing. The temperatures of the dead-end experiments
could never exceed 500◦C because of the sealing limita-

tion. Flowrate of air in the shell side was 180 ml/min and
the flowrate of pure CH4 fed in the tube was 10 ml/min.
The reactor was placed in the middle of a furnace (Carbo-
lite CST 10/75) and this allowed an isothermal temperature
profile. Inlet and outlet tubes were within the radiation
area of the heating elements, therefore the gases were fed
already preheated.

For gas analysis a GC (Shimadzu GC-14B), equipped with
a TCD detector was used. A 10-port sampling valve (VICI
Valco) allowed alternate injections from two different sam-
pling loops. Temperature of the TCD was 200◦C for all anal-
yses at a carrier flowrate of 15 ml/min (He) and 20 ml/min
(N2). For dead-end experiments where N2 was used as the
inert gas a Carboxen-1000 15 ft× 1/8 in. SS (Supelco) with
He as carrier gas was employed for separation of N2, O2,
CO (at 50◦C), CO2 and CH4 (at 180◦C). For the open-end
experiments where He was used as the inert gas, a Porapak
Q 80–100, 60 m×1/8 in.×2 mm SS (Chrompack) was em-
ployed. He (BOC CP grade) was used as a carrier gas to
separate O2, CO, CH4 and CO2 at 200◦C while N2 was em-
ployed as carrier gas to quantify H2 at 35◦C. Both columns
showed unreliable results when water was present in the
gas mixture. In order to avoid the presence of water in the
column, a water trap packed with calcium chloride (Fluka
1–3 mm particle size) was placed in the reactor outlets.

Since the gas analysis was on the dry streams, appropriate
corrections were applied to the GC measured compositions
in order to quantify component concentrations at the reac-
tor outlets. The correction was calculated according to the
following:

Xi = X′
i

1 + 2X′
CO2

(1)

whereXi andX′
i are the molar fractions of the generic com-

ponenti at the outlet of the reactor and measured by the
GC, respectively. Carbon balance closed within 3% for iso-
baric and within 7% for non-isobaric experiments. During
every experimental run, at least three injections per stream
were performed for each data point. In order to verify that
a steady state had been reached, the temperature had to be
stable and the measured molar fractions had to be equal in
two consecutive analyses. Calibration was checked weekly
using BOC certified calibration gases.

3. Membrane reactor experiments

Several experiments were carried out in order to assess
the performance under different conditions and to determine
the key factors that can affect operability. The possibility of
catalyst deactivation during the course of the experimental
work was assessed by carrying out twice the same experi-
ments with the same Pd/SiO2–Al2O3 membrane 3 months
apart. Conversions decreased from 28 to 25.1% at 0.129
methane molar fraction and from 32.1 to 26.6% at 0.285
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Fig. 3. Tube and shell side temperature profiles for membrane reactor when
the voltage applied to the heaters was 78 V and the overall methane molar
fraction 0.2. Temperature recorded during a reaction run. Pd/SiO2–Al2O3

membrane reactor in open-end configuration.

methane mole fraction. This catalyst activity decrease was
deemed to be acceptable for the purpose of this study.

3.1. Behaviour of Pd/SiO2–Al2O3 membranes in open-end
configuration

A blank run with a non-impregnated membrane was car-
ried out in an open-end configuration. At 650◦C and 2%
overall methane inlet concentration the conversion was zero
and no combustion products were detected. Preliminary ex-
periments showed that the fresh catalyst was not sufficiently
stable and did not behave in a reproducible way. However,
after few days operating at 78 V (average reactor tempera-
ture 365◦C) and 0.1 methane inlet molar fraction the per-
formance of the reactor became stable.

Fig. 3 shows the temperature profile of the membrane
reactor operating at 78 V. Reactor temperature varied from
ca. 295 to 380◦C between inlet and outlet. Maximum tem-
perature difference between tube and shell side was 10◦C.
The same pattern of temperature profiles was observed at

Fig. 5. (A) Methane conversion and outlet temperature at tube side, and (B) outlet CO concentration as a function of overall methane inlet molar fraction.
Voltage applied to heaters 85 V. Pd/SiO2–Al2O3 membrane reactor in open-end configuration.

Fig. 4. Methane conversion and outlet temperature at tube side as a
function of overall methane inlet molar fraction. Voltage applied to heaters
78 V. Pd/SiO2–Al2O3 membrane reactor in open-end configuration.

all other operating voltages. Temperature increases along
the reactor main axis by the combined effects of heat being
produced by the reaction and heat supplied by the heaters.
The performance of the reactor was assessed under different
conditions evaluating overall methane conversion (Eq. (2)),
CO overall output concentration and methane slip from tube
to shell side

overall methane conversion

= production rate of CO and CO2 (mol/s)

methane feed rate(mol/s)
(2)

3.1.1. Effect of heat supplied and inlet methane
concentration

Four sets of experiments were performed in absence of
trans-membrane pressure difference varying the voltages ap-
plied to the heaters. As shown inFigs. 4–7conversion of
methane is proportional to the voltage applied, since higher
voltages always result to higher reactor temperatures while
the tube outlet temperature is dependent on methane inlet
molar fraction. The rate of methane combusted, and there-
fore the rate of heat produced is function of the amount of
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Fig. 6. (A) Methane conversion and outlet temperature at tube side, and (B) outlet CO concentration as a function of overall methane inlet molar fraction.
Voltage applied to heaters 90 V. Pd/SiO2–Al2O3 membrane reactor in open-end configuration.

methane in the feed. Accordingly, an increase of methane
inlet concentration results to an increase of outlet tempera-
ture. Fig. 4 shows an increase of about 50◦C at the outlet
temperature from the lowest to the highest molar fraction
employed in the experiment which is higher than the other
experiments at higher voltages as shown inFigs. 5–7(25◦C
at 85 V, 35◦C at 90 V, 45.4◦C at 96 V).

When increasing methane inlet concentration, conversion
decreases for all experiments, except at 78 V where a min-
imum is observed at methane inlet mole fraction of 0.19.
This minimum and the trend of conversion with methane
mole fraction at various voltages can be explained if a tran-
sition from kinetic to diffusive control is postulated at ca.
430–480◦C. Since the order of methane catalytic combus-
tion with respect to methane is in the range 0.5–0.8[8,10,30],
the increase of methane mole fraction is expected to increase
reaction rate but decrease conversion (at isothermal condi-
tions). This increase in reaction rate would result to an in-
crease in temperature as observed inFig. 4. However, under
the assumption of kinetic control below 430◦C, the increase
of temperature would result to an exponential increase of re-
action rate and hence this would more than compensate the
conversion decrease due to higher methane mole fraction.

Fig. 7. (A) Methane conversion and outlet temperature at tube side, and (B) outlet CO concentration as a function of overall methane inlet molar fraction.
Voltage applied to heaters 96 V. Pd/SiO2–Al2O3 membrane reactor in open-end configuration.

Figs. 5–7would then represent operation under diffusive
control. Even though mass transfer is a first order process,
conversion decreases with methane mole fraction due to the
shift of reaction zone inside the membrane towards the shell
side. As can be concluded fromFigs. 5–7, reaction rate in-
creases with methane mole fraction, leading to a temperature
increase. Under the assumption of diffusive control above
480◦C, the increase of temperature would result to a weaker
increase of reaction rate which cannot compensate conver-
sion decrease, resulting to a continuous decrease of conver-
sion for the whole methane mole fraction range studied.

The runs at 78 V did not show any CO in the prod-
ucts even at higher methane inlet molar fractions. This is
different from all other experiments at higher voltage (see
Figs. 5B–7B) where higher temperatures cause more CO to
be produced. Increase of CO concentration is also observed
at higher methane inlet mole fractions.

CO was always present only in the tube side and it was
never detected in the shell. It is produced mainly in the part
of the membrane where the ratio CH4/O2 is high (closer to
the tube side) and more easily diffuses to the bulk. Traces
of CO might be present in the shell side since the detection
limit of such gas is about 0.05% with the GC used in our
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experiments. H2 was detected in almost all the experiments
in absence of pressure gradients when CO was detected but
it could not be quantified because He was used as carrier of
the GC in isobaric runs. This behaviour is consistent with
the fact that combustion of rich methane/air mixtures on
palladium and platinum catalysts is accompanied by side
reactions that produce CO and H2. These include partial
oxidations, steam reforming, reverse methanation and water
gas shift[8,27,29]

CH4 + 1
2O2 � CO+ 2H2 (3)

CH4 + 3
2O2 � CO+ 2H2O (4)

CH4 + H2O � CO+ 3H2 (5)

CH4 + 2H2O � CO2 + 4H2 (6)

CO+ H2O � CO2 + H2 (7)

Dry methane reforming according to reaction(8) is also
possible:

CH4 + CO2 � 2CO+ H2 (8)

Direct decomposition (reaction(9)) is unlikely to occur in the
membrane reactor since very high temperatures (>750◦C)
and very low residence time are required for it[27]

CH4 � C + 2H2 (9)

Both palladium and platinum can promote partial oxidation
and steam reforming[13]. Kikuchi and Chen[6] argue that
partial oxidation results from an initial reaction of complete
combustion which consumes all the oxygen. Then the pro-
duced water vapour and carbon dioxide reduce the residual
methane to hydrogen. Something similar may occur also in
the configuration studied in this work especially if we con-
sider that excess CH4 exists in the part of the membrane
close to the tube side. According to this, CO and H2 would
be produced by dry and steam reforming reactions. How-
ever, contributions of the other reactions to CO and H2 pro-
duction cannot be excluded.

If the rate of reaction is not fast enough, methane and oxy-
gen can slip through the membrane into the opposite chan-
nel. The slip of reactant can indicate whether the reactor is
operating under mass transfer or kinetic control regime. If,
for instance we suppose that the reaction is infinitely fast,
all the reactant gases entering on one side of the membrane
are completely consumed in an infinitely small area inside
the membrane. This is the limiting case of mass transfer
controlled reaction that clearly implies zero slip of both re-
actants. If one of the two reactants reaches at some point
100% conversion there is slip of the opposite reactant since
the latter has no possibility of reacting inside the membrane.
Fig. 8 shows the slip of methane for inlet methane molar
fraction of 0.122 and a CH4/O2 ratio in the feed of 0.27
at different voltages applied to the heaters. Slip of methane
at 78 V is more than two-fold the ones at higher voltages,
which is consistent with the previous postulate of a transi-
tion from kinetic control towards mass transfer control.

Fig. 8. Fraction of methane fed to the reactor that slips from tube to shell
side and corresponding tube side outlet temperatures as a function of
voltage applied to the heaters for inlet methane molar fraction of 0.122.
Pd/SiO2–Al2O3 membrane reactor in open-end configuration.

3.1.2. Effect of trans-membrane pressure gradients
One of the parameters that can affect the performance of

a membrane reactor is the pressure difference applied across
the membrane. The possibility of having a convective con-
tribution to the radial fluxes of reactants and products makes
membrane reactors potentially more versatile than ordinary
monolithic reactors for catalytic combustion. Voltage ap-
plied to the heaters was 90 V andTable 1shows the op-
erating conditions of the non-isobaric experiments. Outlet
temperatures of the tube side were in the range 520± 10◦C
and the inlet was 100◦C lower than the outlet. Positive pres-
sure differences correspond to higher shell side pressures.
Permeation rates increased linearly with pressure difference
and they reached 50 ml/min at 140 mbar. As shown inFig. 9,
conversion increased slightly from 47 to 50% in the range of
�P from 0 to 140 mbar. Neomagus et al.[11] observed dur-
ing methane combustion on platinum membrane reactor (see
Table 1for more details) similar small increase of methane
conversion for an equivalent pressure drop. Saracco et al.
[17] showed that the conversion of propane can increase by

Fig. 9. Methane conversion with trans-membrane pressure gradients ap-
plied; 90 V were applied to the heaters and overall inlet methane molar
fraction was 0.22. Pd/SiO2–Al2O3 membrane reactor in open-end config-
uration.
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Table 1
Experimental conditions of the present work and the ones by Saracco et al.[17] and Neomagus et al.[11] used for non-isobaric experiments

Saracco et al.[17] Neomagus et al.[11] This work

Membrane internal radius (mm) 7 7 3.5
Membrane external radius (mm) 10 10 5
Shell radius (mm) 25 25 14
Catalyst Platinum Platinum Palladium
Catalyst loading (wt.%) 1a 1, 7a 0.4
Average pore size (�m) 0.35 0.35 0.4
Porosity (%) 34.6 34.6–35.4 20
Hydrocarbon combusted Propane Methane Methane
Hydrocarbon feed molar (%) 4 and 7 10 22
Tube side flowrate (N m3/s) 3.33× 10−5 15× 10−6 1.5 × 10−6

Shell side flowrate (N m3/s) 3.33× 10−5 32× 10−6 3.33× 10−6

Pshell–Ptube range (mbar) −2000⇒ 2000 0⇒ 1000 0⇒ 140

a Catalyst loading refers to the weight of deposited�-Al2O3 which, in turn has a loading of 4 wt.%.

up to 300% when a pressure difference of 1800 mbar is ap-
plied. They attributed this behaviour to the shifting of the
reaction zone towards the low pressure side where the con-
centration gradients of the species moving against convec-
tive flow become steeper allowing higher diffusive fluxes and
consequently higher conversion. The qualitative agreement
between these three studies is satisfactory. Quantitative dis-
agreement particularly between this work and Saracco et al.
[17] is attributed to different experimental conditions used
(seeTable 1). It is worth noting that the thickness of mem-
branes used by Saracco et al.[17] and Neomagus et al.[11]
was twice the thickness of those used in this work, therefore
higher convective fluxes were allowed by our membranes
for same pressure difference.

Even though trans-membrane pressure difference was not
found to be beneficial for conversion increase, it proved to
be useful for reduction of CO and H2 concentrations as
shown inFig. 10. This behaviour suggests that higher pres-
sure difference promotes complete oxidation of methane as
opposed to partial oxidation, steam reforming and water gas
shift reactions. Since the mixture of helium and oxygen is
pushed through the membrane from the shell towards the
tube side, higher oxygen concentrations can be expected in-
side the membrane at higher pressure differences. A lower

Fig. 10. CO (A) and H2 (B) production as a function of the pressure difference applied across the membrane; 90 V were applied to the heaters and
overall inlet methane molar fraction was 0.22. Pd/SiO2–Al2O3 membrane reactor in open-end configuration.

production of CO and H2 could be due to a reduction of the
oxygen deficient and water containing part of the membrane
and hence areas where the above side reactions would take
place. The higher amount of O2 present could also promote
oxidation of CO and H2. Since H2 is more reactive than CO,
its concentration would decrease faster with�P as indeed
is observed inFig. 10. Alternatively, the faster concentration
decrease of hydrogen may be due to different reaction steps
through which CO and H2 are formed in catalytic steam re-
forming [13].

3.2. Behaviour of Pt/SiO2–Al2O3 membranes in open-end
configuration

Isobaric experiments were carried out using the reactor
with axial sealing in which the platinum impregnated mem-
brane was mounted. CO was not present in the outlet gases
even at high temperature (973 K) and good controllability of
the reactor was observed. Despite high methane inlet con-
centrations, membranes impregnated with platinum yielded
reproducible results and the catalyst did not need aging to
achieve stable activity.

The feed of the tube side had a methane molar fraction
of 22% (balance He) while 20.5% O2 (balance He) was fed
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Fig. 11. Methane conversion and tube outlet temperature as a function
of voltage applied to heaters. Overall methane inlet molar fraction 0.22.
Pt/SiO2–Al2O3 membrane reactor in open-end configuration.

to the shell side.Fig. 11 shows that reaction takes place
if the voltage applied to the heaters is higher than about
60 V, which corresponds to outlet temperatures higher than
360◦C. Almost linear dependency of conversion and temper-
ature with voltage is observed. Conversions achieved with Pt
membranes are lower than the ones achieved with Pd mem-
branes. This is due to the fact that Pd is more active than Pt
in methane oxidation (cf.[3]), and its loading is higher in the
catalytic membrane. Slip of methane from tube to shell side
(Fig. 12) decreases when the heat supplied to the reactor is
increased. The values of methane slip are in good agreement
with the work by Neomagus et al.[11] who studied a sim-
ilar system for methane combustion. However, conversions
achieved in this work are slightly lower possibly because of
lower catalyst activity. If one compares methane slip with
the Pd/SiO2–Al2O3 membrane, it is observed that for the
latter this is lower due to higher Pd catalyst activity.

CO was detected only for temperatures higher than about
580◦C and in very low concentrations. The CO concentra-
tion in the tube side was 0.15% at 110 V (640◦C) and less

Fig. 12. Fraction of methane fed to the reactor that slips from tube to
shell side as a function of voltage applied to heaters. Overall methane
inlet molar fraction 0.22. Pt/SiO2–Al2O3 membrane reactor in open-end
configuration.

than 0.1% at 100 V (585◦C). Carbon monoxide was not
detected in the outlet gas of the shell side. Another differ-
ence with the experiments on Pd membranes is that H2 was
not detected even when CO was present in the outlet gas.
The mechanism of CO and H2 production on platinum may
therefore be different from that on palladium. The activities
of Pd and Pt for methane steam reforming are similar[13],
and hence this behaviour can be related to lower water con-
centrations in the Pt membrane, since the latter is less ac-
tive for combustion. Trimm and Lam[24] reported the pro-
duction of CO for rich combustion of methane on Pt/Al2O3
catalysts at temperatures higher than 530◦C. Besides, depo-
sition of carbon on the catalyst and consequent deactivation
was observed. No deactivation was observed in our work.

3.3. Behaviour of Pd/Al2O3 membranes in dead-end
configuration

Non-modified �-Al2O3 membranes were used for
dead-end experiments where the tube side outlet was
plugged. The bare�-Al2O3 support was tested at 500◦C
showing complete inactivity towards methane combustion.
For these experiments the catalyst took 6–10 h to stabilise.
Fig. 13 illustrates the dependence of conversion on inlet
temperature of the shell side. Conversion versus temperature
shows an S-shaped curve demonstrating ignition at around
350◦C, which is comparable with light off temperatures
of catalytic monoliths for methane combustion[4]. Carbon
monoxide and hydrogen were not detected in the dead-end
experiments although the molar fraction of methane inside
the membrane is very high especially next to the tube side.
Effective diffusivity in non-modified membranes is higher
because the porosity and pore diameter is larger. Accord-
ingly, oxygen can diffuse effectively inside the membrane.
Furthermore, convective flow of methane is relatively low
(methane/air flowrates 10/180). The efficient contact of
methane and oxygen inside the pores together with the lower
operating temperatures can possibly be the causes of lower
CO and H2 concentrations observed. Furthermore, this may

Fig. 13. Effect of inlet temperature on methane conversion. Pd/Al2O3

membrane in dead-end configuration.
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also be due to the absence of silica in the membrane, since
the support is probably involved in the reforming reaction
by influencing the activation of steam[13].

4. Conclusions

A novel membrane reactor was designed and built that
can operate at high temperatures and a new sealing concept
was successfully developed. Methane and oxygen were
fed separately to the tube and shell sides respectively and
they were allowed to react inside the catalytic membrane.
In addition to methane combustion, partial oxidation and
possibly water gas shift and steam reforming took place in
palladium membrane since production of CO and H2 was
observed especially at high temperatures. Applying a pres-
sure difference across the membrane improved performance
of the reactor in terms of decreasing CO and H2 concen-
trations but conversion increased only slightly. CO and H2
were not observed for a Pd/�-Al2O3 membrane operated
in dead-end mode. Platinum membranes showed lower CO
production at high temperatures (beyond 580◦C) but H2
was never detected in the outlet gases.
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